Int. J. Heat Mass Transfer.
Printed in Great Britain

Vol. 36. No. 2. pp. 337-345, 1993

0017-9310/93 $6.00+0.00
¢ 1993 Pergamon Press Lud

Instantaneous local heat transfer
coefficients and related frequency spectra for
a horizontal cylinder in a high temperature
fluidized bed

A. H GEORGE
Department of Mechanical Engineering, Montana State University, Bozeman, MT 59717, U.S.A.

(Received 5 November 1991 and in final form 27 February 1992)

Abstract—Experimental data are reported for instantaneous local heat transfer coefficients on the surface
of an immersed 50.8 mm diameter horizontal cylinder in a high temperature (562°C) fluidized bed of
particles with | mm mean size using air as the fluidizing gas. Comparison of the reported data with
analytical models of bed-to-surface heat transfer shows good agreement for heat transfer near particle
contact points and in the interstitial channels between particles. The shallow bed height above the instru-
mented cylinder (0.10 m) allowed bubbles to erupt to the surface while still in contact with the cylinder.
Heat transfer during periods of bubble phase contact increased, compared to the case of lully immersed
bubbles, by a factor of 2 or 3 due to erupting bubbles contacting the cylinder. The frequency spectra related
to the instantaneous local heat transfer coefficients displayed sharp maxima at low frequencies (0.36-1.46
Hz). Based on these frequency spectra, it is suggested that instrumentation for similar measurements be
designed for a bandwidth of at least 100 Hz.

INTRODUCTION

FLuiDIzED bed heat transfer studies that are con-
ducted exclusively at low (ambient) temperature have
several important limitations. The most serious limi-
tation is that the transport properties of the fluidizing
gas and particles are essentially fixed and will usually
have values greatly different than characteristic of
high temperature operation. Radiant heat exchange,
which is not negligible in fluidized bed combustors
or other high temperature fluidized beds, cannot be
studied under low temperature conditions. Validation
of analytical models or empirical data correlations
for bed-to-surface heat transfer based exclusively on
studies conducted in low temperature fluidized beds
is, therefore, not conclusive. The geometry, i.e. the
immersed horizontal cylinder, considered in this work
is of importance since many fluidized bed combustors
use arrays of immersed horizontal tubes as heat trans-
fer surfaces [1].

Instantaneous local heat transfer coefficient
measurements establish both the bubble phase and
the emulsion phase contributions to the local heat
transfer coefficient. Via Fourier analysis, the fre-
quency spectra corresponding to the instantaneous
local heat transfer coefficients can be computed. These
frequency spectra are useful in the design of instru-
ments to measure instantaneous local surface tem-
perature or instantaneous local heat transfer
coefficients. The measurement system must respond
accurately to inputs at all frequencies that are sig-
nificantly present. Therefore, the frequency spectra
related to the instantaneous local heat transfer
coefficients are of considerable value.
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Few measurements of instantaneous local heat
transfer coefficients for surfaces immersed in fluidized
beds at elevated temperature have been reported.
Instrumentation for making this specific measurement
was developed and tested previously [2] and later
adapted to horizontal tubes [3]. With few modi-
fications, the instrumentation developed in the latter
work was used in the present work.

The measurement of time-averaged local heat trans-
fer coefficients does not require a rapidly responding
heat flux transducer and is therefore easier to perform
than instantaneous measurements. Time-averaged
local heat fluxes (or, equivalently, time-averaged local
heat transfer coefficients) for horizontal tubes
immersed in high temperature fluidized beds have
been reported by a few investigators [4-6]. While these
data provide useful information concerning the local
heat transfer coefficient around the periphery of an
immersed tube, no information whatsoever is pro-
vided concerning the temporal variation of the local
heat transfer coefficient. The more detailed models of
the heat transfer process, including those used as a
basis for comparison with the experimental data pre-
sented below, involve the calculation of instantaneous
bed-to-surface heat transfer rates from the instan-
taneous flow field and voidage distribution near the
immersed surface. Time-averaged data are not
adequate for validation or improvement of these ana-
lytical models.

Significant improvements in both the instru-
mentation and the fluidized bed combined to make
the data reported below more reliable than reported
previously [3]. Therefore, a more detailed analysis of
the data including comparison of the instantaneous
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Ny Nusselt number for the interstitial
channel based on particle diameter and
properties at the fluidized bed

temperature

Pr Prandt! number

qu instantaneous local bed-to-surface heat
flux

mean particle radius

Re,  Reynolds number for the interstitial
channel based on local interstitial gas
velocity, particle diameter and properties
al the fluidized bed temperature

Sp one-half of the center-to-center particle
spacing
! time

NOMENCLATURE

d, mean particle size Toea fluidized bed temperature
h instantaneous local heat transfer T,  surface temperature

coeflicient (T,» time-averaged local surface temperature
hy instantaneous local heat transfer u turbulence intensity

coefficient during bubble phase U, superficial gas velocity

contact U.s superficial gas velocity at minimum
(h)  time-averaged local heat transfer fluidization

cocfficient Vs  average vertical gas velocity in bubble

based on maximum flow area.

Greek symbols
0 angular positions on cylinder referred to
0° at the bottom of the cylinder.

Subscripts
B bubble phase
bed fluidized bed
c interstitial channel
2D two-dimensional boundary layer
mf  minimum fluidization
p particle
w surface of immersed cylinder.

local heat transfer coefficients with applicable ana-
lytical models, calculation of the frequency spectra of
the instantaneous local heat transfer coefficients, and
calculation of the time fraction of local bubble contact
was performed.

An excellent recent (1989) review (236 references)
of fluidized bed heat transfer including experimental
data, analytical models and instrumentation is given
by Saxena [7]. No experimental data for instantaneous
local heat transfer coefficients to immersed objects in
fluidized beds at elevated temperature or associated
instrumentation are, however, reported in the cited
work. Lack of such data motivated the study reported
below.

EQUIPMENT

Instrumentation

The major items of instrumentation used in the
present study were: (1) the 50.8 mm diameter instru-
mented cylinder with heat flux transducer for meas-
uring the instantaneous local heat flux, (2) the signal
conditioning circuit which provides a voltage output
that is linearly related to the instantaneous local heat
flux, (3) the reference heat flux transducers used for
calibration and (4) the digital data acquisition system.
Since all of these items have been described in a pre-
vious paper [3] only those modifications that are rel-
evant to the current work will be further described.

Figure 1, which shows the heat flux transducer and
the active portion of the heat flux transducer mounted

in the cylinder wall, is provided for immediate refer-
ence. As shown, the active portion of the heat flux
transducer was contoured to match the outer surface
of the cylinder. Both the instrumented cylinder and
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FiG. 1. Heat flux transducer and active portion of the heat
flux transducer mounted in the cylinder wall.
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the heat flux transducer were constructed of type 304
stainless steel. The transducer was nonintrusive and
did not significantly disturb the flow of gas and par-
ticles around the cylinder or the thermal boundary
layer at the surface of the cylinder.

Measurement of the instantaneous local surface
temperature and the in-depth temperature (about 6
mm from the surface in this design) was required to
solve the conduction problem for the transducer body
and, subsequently, computation of the instantaneous
local heat flux at the surfuce. The surface temperature
was measured by an eroding thermocouple junction
[2, 3] while the in-depth temperature was measured
by a welded thermocouple junction of conventional
design. The two temperature measuring elements in
the heat flux transducer were constructed of ANSI
type E thermocouple wire rather than the ANSI type
K thermocouple wire used previously. This change
of thermocouple wire type provided an increase in
thermocouple voltage output of approximately 60%
and helped to improve the signal-to-noise ratio of the
instantaneous local heat flux measurements.

The instrumented cylinder was water-cooled with
coolant supplied through rotary unions. This mount-
ing arrangement allowed rotation of the cylinder to
different angular positions without disconnecting any
piping. A single heat flux transducer was used for all
of the instantaneous local heat flux measurements
reported in this work.

A new signal conditioning circuit, of essentially the
same design as used previously [3], was built with great
attention given to component quaiity, grounding and
shielding. As before, the signal conditioning circuit
provided an output voltage which was linearly related
to the instantaneous local heat flux on the surface of
the cylinder. The new circuit provided a noise output
of 20 mV peak-to-peak which, for the conditions of
operation reported below, corresponds to a fluc-
tuation in the measured instantaneous local heat
transfer coefficient of approximately 9 W m~* K~'
peak-to-peak. In the earlier work {3], the comparable
figure was 44 W m~? K~ ' peak-to-peak. Therefore, a
significant improvement in the heat flux transducer
and associated signal conditioning circuit was
achieved.

The settling time (defined as the time interval after
application of a step change in surface heat flux for
the output voltage, which is linearly related to the
surface heat flux, to remain within 2% of final value)
of the combined heat flux transducer and signal con-
ditioning circuit was 4 ms. Peak overshoot was less
than 1%.

Calibration of the combined heat flux transducer
and signal conditioning circuit was performed as in
the earlier work [3]. Specification of uncertainty in
heat flux measurements is difficult. However, based
on the accuracy of the reference transducers used in
the calibration procedure and the repeatability of the
calibration results, the uncertainty in the heat flux
calibration was estimated to be +20%.

From the measured values of the instantaneous
local heat flux, fluidized bed temperature and time-
averaged surface temperature, the corresponding
instantaneous local heat transfer coefficient was com-
puted

4w
Toea —<TW>"

The data acquisition system was improved by using
a Hewlett—Packard model 9836 computer for system
control. This improvement allowed a sampling inter-
val of 2 ms to be used rather than the 5 ms sampling
interval used in the previous work [3]. The shorter
sampling interval is more compaltible with the settling
time of the combined heat flux transducer and signal
conditioning circuit. Based on the Nyquist sampling
rate criteria [§8], the sampling interval used in this work
is adequate to determine the frequency spectra of the
instantaneous local heat transfer coefficients up to a
frequency of 250 Hz.

h ¢}

Fluidized bed

The high temperature fluidized bed with 0.30 x
0.60 m cross-section was described previously [3]. A
new distributor plate was, however, installed to sup-
port the present work. The distributor plate was con-
structed of 3.2 mm thick Haynes alloy 230 with 456
holes of 6.4 mm diameter in a square array pattern
with 19.1 mm center-to-center spacing. A 16 mesh
type 304 stainless steel screen was placed below the
distributor plate. This new distributor plate elim-
inated the problem of non-uniform fluidization,
caused by a warped distributor plate, that influenced
the results of the aforementioned study. Stability of
the fluidized bed operating temperature was also
improved by the new distributor plate. Propane was
used as a fuel gas to heat the air under the distributor
plate and, subsequently, the fluidized bed. No com-
bustion occurred in the fluidized bed itself.

TEST CONDITIONS

The instrumented cylinder was mounted hori-
zontally in the fluidized bed approximately 0.36 m
above the distributor plate. The packed bed height
was 0.10 m above the centerline of the instrumented
cylinder. This rather shallow bed height above the
instrumented cylinder allowed bubbles to erupt to the
surface while the lower portion of the bubbles were
still in contact with the cylinder. Visual observation
of the fluidized bed from the top allowed the cylinder
to be seen within erupting bubbles several times per
minute. At the moment that the bubble erupts to the
surface the pressure within the bubble equalizes to
that existing in the freeboard. Therefore, the erupting
bubble represents a path of very low flow resistance
and vertical gas velocity in the erupting bubble will
greatly exceed that in a fully immersed bubble. The
classical analysis of Davidson [9] indicates that the
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average vertical velocity at the central plane of a fully
immersed spherical bubble is 3U,,.. A recent numeri-
cal analysis of gas flow in erupting bubbles by Yule
and Glicksman [10] indicates much higher values (up
to approximatcly 50U, ) for the average vertical gas
velocity within an erupting bubble.

Granular refractory material with commercial des-
ignation Ione Grain was used as bed material (par-
ticles). This material had a solids density of 2700 kg
m~* and a surface mean particle size [11] of 1.00 mm.
The chemical composition, specific heat and thermal
conductivity of the bed material, for a range of tem-
peratures, are given in ref. [6]. The fluidized bed was
operated at 562°C and 1 atm and the measured mini-
mum fluidization velocity was 0.47 m s™'. A super-
ficial gas velocity of 1.00 m s~' was used
(Up/ U = 2.13).

For the operating conditions outlined above, the
fluidized bed operated in the slow bubble regime as
defined in ref. [12]. Fairly intense bubbling but no
slugging occurred during operation. The particles are
in Geldart Group D [13], Group I (at a fluidized
bed temperature of 562°C) or Group ITA (at room
temperature) in the Saxena and Ganzha [14] classi-
fication scheme.

Test procedure

Each test sequence consisted of instantaneous local
heat flux measurements being recorded at five angular
positions around the immersed horizontal cylinder.
Angular positions 0 referred to below are referenced
to the lower stagnation point of the cylinder, i.e. the
0 position corresponds to the bottom of the cylinder
and the 180° position corresponds to the top of the
cylinder.

The fluidized bed was allowed to reach steady state
operating conditions at the selected temperature and
superficial gas velocity. A data acquisition system
(Hewlett—Packard HP3054A with 3456 and 3437 volt-
meters and a 9836 computer) was then used to take
120 s of instantaneous local heat flux measurements,
with a sampling interval of 2 ms, for each of the
five angular positions. The first data set was taken at
0 = 07 ; then the cylinder was rotated 45° and the next
data set was recorded. This procedure was repeated
until data were taken at all five angular positions.

The voltages required to compute the time-aver-
aged local surface temperature were also recorded by
the data acquisition system. The bed temperature was
maintained within + 3°C of the specified value for all
cases considered.

TEST RESULTS

Instantaneous local heat transfer coefficients

Figures 2-6 show 2 s of typical instantaneous local
heat transfer coefficient values for the run conditions
reported above. The time intervals have been selected
to display phenomena which provide insight into the
bed-to-surface heat transfer process.
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Fic. 3. Instantaneous local heat transfer coefficient for
d,=10mm, 0=45",Uy=1m $7!, Thed = 562°C.
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FiG. 4. Instantaneous local heat transfer coefficient for
d,=1.0mm, 8 =90°, Uy =1ms~', Ty =562°C.

Local contact between the fluidized bed and the
surface of the cylinder can be divided, at least approxi-
mately, into three basic types: (1) bubble phase con-
tact during which essentially pure gas contacts the
surface, (2) nearly stationary emulsion phase contact
during which emulsion phase is in contact with the
surface but does not slide significantly with respect to
the surface and (3) moving emulsion phase contact
during which the emulsion phase slides with respect
to the surface. For the particle size and operating con-
ditions considered in this work, the characteristics of
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FiG. 5. Instantaneous local heat transfer coefficient for
d,=10mm, 0=135",Uy=1ms ', T,y = 562°C.
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FI1G. 6. Instantaneous local heat transfer coefficient for
d,=1.0mm, 0 = 180", Uy = I ms~', T,y = 562°C.

the instantaneous local heat transfer coefficient corres-
ponding to each type of local contact are: (1) bubble
phase contact is characterized by a relatively low
(with respect to the time-averaged local heat transfer
coefficient) and approximately constant heat transfer
coeflicient, (2) nearly stationary emulsion phase con-
tact is characterized by an initially high heat transfer
coefficient followed by a decreasing heat transfer
coefficient as the emulsion phase cools and (3) moving
emulsion phase contact is characterized by a high heat
transfer coefficient with large high frequency temporal
variations. During contact of this type, the heat flux
transducer is alternately subjected to direct particle
contact and to contact with the gas in the interstitial
channels between particles.

Values of the time-averaged local heat transfer
coefficient and the time fraction of local bubble phase
contact reported below are based on the entire 120 s
of data taken for each angular position. Since the
relative amounts of each type of contact between the
fluidized bed and surface are functions of angular
position, the results pertaining to each angular pos-
ition are discussed separately.

Angular position 0°. The heat transfer at the lower
stagnation point is characterized by relatively long
time intervals .of bubble contact. For example, the
data shown in Fig. 2 indicate bubble contact for the

time intervals 0-0.12 and 0.58-0.90 s. While direct
observation of the gas bubbles contacting the tube
was not possible in the high temperature fluidized bed,
except for the view of erupting bubbles from the top;
certainly the bubbles varied in size, shape, and the
manner in which they intersected the horizontal cyl-
inder. Therefore, it is interesting that the instan-
taneous local heat transfer coefficient during bubble
contact has a nearly constant value of approximately
100 W m~? K~ '. The same figure indicates nearly
stationary emulsion contact for the time interval 0.13-
0.30 s and moving emulsion phase contact for the
intervals 1.23-1.45 and 1.60-1.76 s. The data in Fig.
2 show clear evidence of frequent emulsion phase
contact. A heat transfer model based on gas con-
vection alone would not be appropriate even at the
lower stagnation point of a horizontal cylinder.

Angular position 45, Figure 3 shows typical heat
transfer data for this position. Bubble contact is evi-
dent with an instantaneous local heat transfer
coefficient of approximately 140 W m~2 K~ '. Par-
ticles within the bubble or turbulence in the free
stream outside the boundary layer cause larger fluc-
tuations in the heat transfer coefficient during bubble
contact than was the case at the lower stagnation
point. Moving emulsion phase contact is common but
stationary emulsion phase contact rarely occurs at this
position.

Angular position 90°. As shown in Fig. 4, bubble
contact at this position provides an instantaneous
local heat transfer coefficient of approximately 140 W
m~2 K™, Periods of moving emulsion contact are of
relatively long duration, e.g. the time interval 1.35-
1.75 s. During periods of moving emulsion contact.
the heat transfer coefficient can be sustained at a high
value or even increase during the duration of the con-
tact, e.g. the time interval 0.40-0.66 s. This is in con-
trast to stationary emulsion phase contact which has
its maximum value at the start of the contact and then
decreases with time as the emulsion cools.

Angular position 135°. As shown in Fig. 5, bubble
contact at this location is relatively rare and tends to
be of short duration. Moving emulsion phase contact
is commonly of long duration (up to 2 s).

Angular position 180°. The top of the horizontal
immersed cylinder is usually covered by a stack of
defluidized particles which are moved by passing gas
bubbles [15, 16]. Although infrequent at this position,
bubble contact does occur, e.g. the time interval 0.20-
0.38 s shown in Fig. 6. The heat transfer coefficient
during periods of bubble phase contact varies from 0
t0 90 W m~2 K~ ' and is, therefore, significantly lower
than observed at other angular positions. At this pos-
ition in particular, however, identification of bubble
phase contact from the instantaneous local heat trans-
fer coefficient data is uncertain. The latter portions of
stationary emulsion phase contact of long duration
(greater than approximately 1 s) would be difficult
to distinguish from bubble phase contact. Moving
emulsion phase contact is common but the frequency
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of oscillation of the instantaneous local heat transfer
coefficient is lower than observed at other angular
positions. Clearly, significant particle motion occurs
at this position despite the presence of a defluidized
stack of particles.

Comparison with analytical models of bed-to-surface
heat transfer

For the fluidized bed temperature used in this study
(562°C), radiant heat transfer was not a significant
fraction of the total bed-to-surface heat transfer.
Therefore, only the gas convective and particle con-
vective heat transfer mechanisms are considered in the
comparisons made below.

Bubble phase contact. A very detailed analytical
model of bubble phase heat transfer was developed by
Adams [17]. The model was validated by comparison
with data taken in fluidized beds at near room tem-
perature. This model assumes fully immersed bubbles
and provides time-averaged local values of the heat
transfer coefficient during periods of bubble phase
contact. For the present application, the influence of
free stream turbulence on the heat transfer coefficient
was predicted using the correlation developed by
Kestin and Wood [18] (which is supported by the
work of Hoogendoorn [19]) rather than the method
suggested by Adams [17] which was developed pri-
marily to model turbulence in interstitial channels.
The free stream turbulence intensity was estimated to
be 0.2 based on refs. [20, 21]. For the range of par-
ameter values considered here, this value of the free
stream turbulence intensity increased the analytically
predicted heat transfer coeflicient by, at maximum,
18% over that computed for purely laminar flow. A
voidage of 0.40 was assumed for the emulsion phase.
A comparison of the present experimental results with
those given by the modified Adams model is shown
in Fig. 7. All gas properties were evaluated at the bed
temperature. The values of the instantaneous local
heat transfer coefficient during bubble phase contact
displayed in the above experimental results are
approximately a factor of 2 or 3 higher than predicted

L T T M T T T
®  Present Study
Adams Model {modified)

© (degrees)

Fi1G. 7. Time-averaged local heat transfer coefficients during
bubble phase contact compared with the values given by the
modified Adams model [17] for three vertical gas velocities.

by the modified Adams model, with vertical gas vel-
ocity 3U,r.

No errors in instrument calibration which could
explain such a large discrepancy could be found. It is
probable that the higher than analytically predicted
instantaneous local heat transfer coefficients during
bubble phase contact are due to the bubbles erupting
to the surface rather than being fully immersed as
assumed in the analytical model.

As shown by the numerical solution of Yule and
Glicksman [10], the vertical gas velocity in an erupting
bubble is a function of the geometry of the bubble.
Their results indicate that an erupting bubble shaped
like a vertical cylinder with height to diameter ratio
of 2 will provide a maximum vertical gas velocity of
16U, while an erupting spherical bubble will provide
a maximum vertical gas velocity of 6U,;. Both of
these figures are much greater than the classical result
by Davidson [9] which predicts a vertical velocity of
33U, for a fully immersed spherical bubble. Neither
of these analyses include the influence of the imper-
meable boundary represented by the immersed cylin-
der. However, additional calculations were made
using the modified Adams model with assumed ver-
tical gas velocities of 6U,,cand 16U, rather than 3U,,
as initially assumed. The result of these calculations
is shown in-Fig. 7. While the agreement between the
analytically predicted values of the local heat transfer
coefficient and the experimental data improved by
using the vertical gas velocities based on the numerical
solution given in ref. [10], a fully satisfactory ana-
lytical model has not been developed for an erupting
bubble in contact with an immersed ¢ylinder.

One other recent study [22] of instantaneous local
heat transfer to immersed surfaces in fluidized beds
obtained a heat transfer coefficient during bubble
phase contact of 110 W m~2 K~ for a particle size
of 1.2 mm and room temperature operation. This
value of the heat transfer coefficient is approximately
twice as high as given by the analytical model sug-
gested in the same study which used 3U,, as the ver-
tical gas velocity in the bubble. It is possible that
erupting bubbles in simultaneous contact with the
heat transfer surface influenced the expernimental
results presented in ref. [22].

Emulsion phase contact: heat transfer near particle
contact points. The maximum instantaneous local heat
transfer coefficient that occurs during emulsion phase
contact has been analyzed by several investigators
[23, 24]. Usually this is called the particle convective
component although unsteady conduction through
the gas layer near the particle contact point is the
controlling heat transfer mechanism. The latter work
[24] provides, for the operating conditions considered
here, a value of 14 for the instantaneous local Nusselt
number based on particle diameter and with the ther-
mal conductivity evaluated at the average of bed tem-
perature and surface temperature. Values of the
instantaneous local Nusselt number in the range of
12-16 are given in ref. [23]. These are not strictly
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maximum values but rather spatial averages over a
small area near the particle contact point and at least
a portion of the associated interstitial channel. There-
fore, heat transfer rates higher than given by the above
Nusselt numbers can occur near or at the point that
the particle contacts the surface. A comparison of
the maximum instantaneous heat transfer coefficient
predicted by the above Nusselt numbers (14 and 16)
with a 10 s interval of data for the 8 = 90" position is
shown in Fig. 8. The local maxima of the data usually
fall within the predicted range. The data for the angu-
lar position 0 = 45°, indicate a few (about two or
three per 10 s interval) maxima up to approximately
1250 W m~* K~ '. However, other angular positions
produced maxima of about the magnitude shown in
Fig. 8.

Emulsion phase contact: heat transfer in interstitial
channels. The Adams [24, 25] model of bed-to-surface
heat transfer assumes that the central portion of the
interstitial channel between particles is covered by a
2-dimensional boundary layer and that the gas flow
in the channel is stagnation-like. The cited references
provide the following equation for heat transfer in the
2-dimensional boundary layer :

Nugp = 0.798Pr%* Rel*
X [(5,/r,)(0.2+0.8 exp (—0.0849" Re®)]~ %% (2)

where Re, is the Reynolds number based on local
interstitial gas velocity and particle diameter. If it
is assumed that no bubbles are close enough to the
immersed cylinder to influence the interstitial gas flow,
the interstitial gas velocity can be estimated as 10U,
at the 6 = 90° position based on the analysis given
in ref. [25]. With fluid properties based on the bed
temperature and s,/r, = 1.0, the resulting estimate of
the heat transfer coefficient is 222 W m=? K-'. A
comparison of this estimate with local minima of the
measured instantaneous local heat transfer coefficient
during sliding emulsion phase contact at the § = 90°
position is shown in Fig. 9. The reasonable agreement
between the analytically estimated and experimentally
measured minima partially validates the boundary
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F1G. 8. Predicted maximum particle convective heat transfer
coefficient {23, 24] compared with experimental data,
d,=10mm, 0 =90° Uy =1 ms™}, Ty = 562°C.
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F1G. 9. Predicted minimum instantaneous local heat transfer

coefficient for the interstitial channel [24, 25] compared with

experimental data during moving emulsion phase contact,
dy=1.0mm, 0=90°, Uy=1ms""', Ty = 562°C.

layer model used and provides at least limited con-
fidence in the ability of the measurement system used
to measure heat transfer coefficients with a spatial
resolution of less than one particle diameter (1 mm in
the present study).

Time-averaged quantities

The time-averaged local heat transfer coefficient
(h>, time-averaged local surface temperature ¢(T,),
and time fraction of local bubble contact are given in
Table 1. The spatially-averaged values indicated were
computed from the corresponding local values using
the trapezoidal rule for numerical quadrature.

The time-averaged local heat transfer coefficient
values are very similar to those obtained in the carlier
study [3] which used a slightly smaller particle dia-
meter (0.9 mm) and a different distributor plate as
mentioned above. The spatially-averaged heat trans-
fer coefficient is within 2% of that obtained previously
[3] and, as shown in the same work, is in very good
agreement with established correlations [26-28] for
the maximum spatially-averaged heat transfer
coefficient. This good agreement between the mea-
sured spatially-averaged heat transfer coefficient and
correlations indicates that calibration of the heat flux
transducer and associated signal conditioning circuit
was not seriously in error.

The time fraction of bubble contact decreases from
40% at the bottom of the cylinder to 8% at the top

Table 1. Time-averaged local heat transfer coefficient, surface
temperature and time fraction of bubble contact for a hori-
zontal cylinder in high temperature fluidized bed. T,y =
562°C, d, = 1.0 mm, Uy=1.00 m 57", Upr =047 m s,

Ug/Upr = 2.13
Angular position (deg)
Spatially
0 45 90 135 180 averaged
D (Wm™2K™') 219 289 322 379 318 315
(T.» (°C) 130 136 147 167 181 151

Time fraction

bubble contact (%) 40 23 14 7 8 17
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of the cylinder. Since the time fraction of bubble con-
tact is essentially the same at the angular positions
135 and 180", it is probable that bubble contact
occurs at these positions only when a large bubble
surrounds the entire periphery of the cylinder. This
explanation is consistent with the analytical model of
bubble phase heat transfer proposed by Adams [17]
which indicates that the leading edge of an attached
bubble would collapse at an angular position of
approximately 103°. Observations of interactions
between an immersed horizontal cylinder, bubbles,
and emulsion phase performed by Hagar and Thom-
son [29] also support this explanation.

Frequency spectra

Frequency spectra corresponding to the instan-
taneous local heat transfer coefficients reported were
computed using a fast Fourier transform (FFT) pro-
gram (Hewlett-Packard DACQ/300 Data Acqui-
sition Manager). Space prohibits display of the fre-
quency spectra for all cases, but the amplitude of the
Fourier transform H(w) as a function of frequency
for the angular position 0 = 0" is shown in Fig. 10.
The figure shows that the amplitude H (w) reaches a
sharp maximum at a frequency of 1.46 Hz (accurately
obtained by reading the data file from which the graph
was constructed) and then decreases almost mono-
tonically at higher frequencies. Beyond 100 Hz the
amplitude H(w) continues to decrease reaching a
value of approximately 0.2 J m~?K ="' at 250 Hz. The
frequency spectra for the other angular positions had
similar characteristics. For the angular positions 45°,
90° and 135°, the maximum values for H(w) occurred
at 1.40, 0.73, and 0.36 Hz, respectively. The maximum
value of H(w) for the angular position 180° was at
0.79 Hz but the maximum was less distinct than for
the other cases considered and a second local
maximum, of almost equal magnitude, was present at
0.40 Hz.

The frequency spectra suggest that a system for
measuring  instantaneous local heat transfer
coefficients to objects immersed in fluidized beds, for
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the operating condition considered in this study,
should respond accurately to surface heat flux fluc-
tuations as rapid as 100 Hz. A significant amount
of the detail in the measured quantity, i.e. the local
maxima and local minima of the instantaneous local
heat transfer coefficient, will be lost if a measuring
system with narrower bandwidth is employed.

None of the frequency spectra displayed a sig-
nificant local maximum at 60 Hz (the standard fre-
quency for electric power distribution in the U.S.A.).
This indicates that the signal conditioning circuit used
to compute the instantaneous local heat flux suc-
cessfully suppressed this potential noise component.

CONCLUSIONS

The main weaknesses of the present work are the
limited range of operating conditions considered and
the fairly high uncertainty (420%) in the calibration
of the instrument for instantaneous local heat flux
measurement. Several significant conclusions can,
however, be made from the unique data set presented
above which provide insight into the mechanisms of
fluidized bed-to-surface heat transfer and the validity
of current detailed analytical models of the heat trans-
fer process.

(1) To a good approximation, contact between the
fluidized bed and the immersed surface can be divided
into three types : bubble phase contact, nearly station-
ary emulsion phase contact and moving emulsion
phase contact.

(2) Theinstantaneouslocal heat transfer coefficient
data identify the type of bed-to-surface contact and
allow separate measurement of instantaneous local
heat transfer coefficients due to bubble contact, near
particle contact points and in the interstitial channels
between particles.

(3) Current models of bed-to-surface heat transfer
{23-25] predicted the instantaneous local heat transfer
coefficient near points of particle contact and in the
interstitial channels between particles with good accu-
racy. Direct verification of these models under high
temperature conditions has been provided.

(4) The shallow bed height above the instrumented
cylinder allowed bubbles to erupt to the bed surface
while still in contact with the cylinder. This operating
condition caused the instantaneous local heat transfer
coefficient during periods of bubble phase contact to
be two or three times as high as predicted by current
analytical models based on fully immersed bubbles.
Reasonable agreement between analytically predicted
and experimental results was achieved by using the
numerical solution of ref. [10] to estimate the average
vertical gas velocity in the erupting bubble. No
adequate model for heat transfer to an object in con-
tact with an erupting bubble currently exists.

(5) At least for the operating conditions considered
in this work, it is suggested that instrumentation used
to measure the instantaneous local heat flux have a
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bandwidth of, at minimum, 100 Hz. A heat flux trans-
ducer with active area large enough to cover several
particle contact points would require a smaller band-
width since measurement of the high frequency fluc-
tuations which occur during moving emulsion phase
contact would not be possible with such a transducer.
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